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Abstract--This paper discusses and provides experimental evidence of the applicability of the following 
theories to multicomponent condensation. 

(1) The Krishna-Standart method (1976). 
(2) Toor's linearised theory (1964). 
(3) An effective diffusivity model based on Colburn & Hougen (1934). 

It is found that all three models adequately quantify the vapour-side diffusional process for the experimen- 
tal systems and conditions investigated but that multicomponent diffusional effects can be important. 
Criteria are discussed for the determination of the significance of diffusional interactions. The experimental 
data indicate that the analysis of Ackermann (1937) gives improved prediction of the sensible heat transfer 
from the bulk vapour phase and that the liquid side mass transfer resistance is not important under 
conditions studied. Computer simulation of the condenser predicts the condenser performence within an 
accuracy of -+ 10 per cent. 

INTRODUCTION 

Physical models of the process of multicomponent condensation can be classified into two 

categories: 
(1) Models such as those of Silver (1947) and Bell & Ghaly (1973) which assume that the 

multicomponent condensation process follows the condensation curve, an approach which is 
extensively used in industrial practice to design multicomponent condensers. The reasons for 

this widespread use are 
(i) Simplicity. 
(ii) Rapidity in computation. 
(iii) No requirement to know intermediate vapour compositions or to obtain diffusivity data. 
(2) Models which are more physically realistic. Such models (film, penetration or boundary 

layer) lead to design procedures involving calculation of the local heat and mass transfer rates 
and their integration over the entire condenser area. The film theory of mass transfer forms the 

basis of the present study. 
Multicomponent mass transfer has been described by an empirical generalisation of Fick's 

Law and by the Maxwell-Stefan equations. For isothermal, isobaric conditions of ideal vapours 
the MS equations are particularly useful. The generalisation of Fick's Law has been applied to 
film models in the linearised theory of Toor (1964) and Stewart & Prober (1964) while more 
recently an exact solution of the Maxwell-Stefan equations has been proposed by Krishna & 
Standart (1976). The linearised theory and the exact matrix method are commonly referred to as 
"interactive" models of mass transfer because they allow for "diffusional interactions", where 
the diffusional behaviour of a constituent depends on al~ independent concentration gradients. 
A simpler approach to the application of film models in multicomponent mass transfer is by 
definition of effective diffusion coefficients for constituents with respect to the mixture as a 
whole, i.e. by assuming independent diffusion of the individual species. The mass transfer 
calculations are then effectively based on the approach of Colburn & Hougen (1934). This type 

of multicomponent mass transfer model is referred to as a "non4teractive" model because the 
interaction phenomena described by Toor (1957) cannot be accounted for. 

fPresent address: Heat Transfer and Fluid Flow Service (HTFS), Atomic Energy Research Establishment, Harwell. 
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In this paper, a comparative study is made of "interactive" and "non interactive" models 
with experimental data for multicomponent condensation inside a vertical tube. The simul- 
taneous sensible heat transfer rate is calculated using the analysis of Ackermann (1937). The 
experimental performance of the condenser is compared with that predicted to assess. (1) the 
relative validity of the three multicomponent diffusion models, (2) the significance of diffusional 
effects, and (3) the validity of the Ackermann analysis. 

Criteria suggested by Webb & Panchal (1981) to determine the significance of diffusional 
interactions are assessed for the experimental conditions prevailing in the work. 

MULTICOMPONENT MASS TRANSFER MODELS 

The exact matrix and the linearised theories of multicomponent condensation make differing 
assumptions but the equations which arise for predicting diffusive fluxes are identical in form. 
Given the physical situation of a film model in which all concentration changes take place 
across a single film, the diffusive flux, J,.~, of the ith component in an n component mixture is 
given by Krishna & Standart (1976) as [1], but the result of Toor (1964) may be expressed in 
identical form. 

(Ja) = [K][dO]{exp[qb] - ~I~} -1 (Ya - Yl) .  [1] 

In the above equation diffusive fluxes, and mole fraction driving forces, (y6-  y~), are column 
matrices of dimension (n - 1): [K] and [qb] are squared matrices and rlj is the diagonal matrix, all 
three of dimension (n - 1) x (n - 1). Subscripts G and I refer to quantities evaluated in the bulk 
gas phase, and at the condensate surface respectively. 

In a binary mixture there is only one independent mole fraction driving force, (Yic,- Yil) 
between bulk and interface and Jic is readily obtained from Fick's Law as. 

JiG = kin q~i exp(h i ) - I  {Yia-Yi l }  i = l , n - 1  

6i : NJki,,. 

[21 

[31 

The appropriate rate factor, ~bi, for binary mass transfer is the ratio of the total flux, N,, to the 
mass transfer coefficient, ki, based on the binary diffusivity, D~,. (For a binary mixture (n = 2), i 
takes the value 1.) Equation[2] may be written for a multicomponent mixture by defining 
effective mass transfer coefficients, (ke,). In matrix form [2] becomes, 

r ~b (Ya -- Yt) [4] (Jc) = [k, e] exp ~b - la 

where [] indicate diagonal matrices of dimension ( n -  1). Equation [4] is a multicomponent 
generalisation of the approach of Colburn & Hougen (1934). 

From the comparison of [1] and [4] it is clear that [K] may be interpreted as a matrix of 
mass transfer coefficients and [qb] {exp[qb]- [1]} -1 is the multicomponent analogue of the high 
flux correction of [4]. It can be shown that [4] is the limiting form of [1] in the case of equal 
diffusivities of all binary pairs of constituents in the mixture, i.e. {ken = k} and in the limit of 
dilute mixtures of all condensable components in a non-condensable gas, {with k~'. = ki.}. For 
ternary condensation in the presence of a non-condensable gas, Webb & Panchal (1981) have 
shown how to predict whether [4] is an adequate representation of the full equation [1]. 

The total flux of condensation, N, of a component is made up of a diffusive and convective 
contribution, 

Ni = JiG + YiaNt =.lil + yirN,. [5] 

The condensation fluxes, Ni are constant across a planar film but the diffusive fluxes, Ji, vary. 



VERIFICATION OF MULTICOMPONENT MASS TRANSFER MODELS 509 

Subscript G indicates that a diffusive flux, J~o, has been evaluated at the bulk vapour end of the 
diffusion film but it may also be evaluated at the interface, subscript L Taylor & Webb (1980) 
have shown that there is a better choice of equations [5] to evaluate (N) using the method of 
Krishna & Standart (1976). 

In using [1] to predict the diffusive fluxes by the "interactive" methods, it is convenient to 
define a matrix [M] which is related to a column matrix (m) by 

m, 
Mii = ~in q- j = l  kij 

: '  . . . .  

Mii = - mi - = 1 . . . .  n - 1. [6] 

The following table then shows how [K] and [qb] must be evaluated, by the methods of Toor 
(1964) and Krishna & Standart (1976) respectively. The binary mass transfer coefficients, kq, are 

Table 1. 

Method Matrix [M] Column matrix (m) 

Toot (1964) 

Krishna and 

Standart (1976)!  

[K]-z 

[K]-l 

['] 

= + y~)/2.O (m) (YG 

(m) = Nt(Y G + yi)/2.O 

(m) = (y) 
G 

(m) = (N) 

calculated from the corresponding heat transfer coefficients, ha, by the Chilton-Colburn JH 
analogy (1934) written in the form, 

where ~tG, Cp and a are the molecular weight, molar specific l~eat capacity and thermal 
diffusivity respectively. In the present study the J ,  factor was taken as 

Ju = 0.039 Re -°24 

where the coefficients were obtained as the best fit to extensive data obtained with binary 
mixtures of the constituents used in this study of multicomponent mass transfer. 

The closure of the equations for condensation fluxes, N~, is achieved by the continuity of 
energy flux, E, across the interface. 

/I 

q, = qf + 5". N~AH~i : E [81 
i=1 

where subscript l refers to the condensate and the AHti are the partial molar enthalpy 
differences at interracial conditions, 

ql = hoe exp (e)(T6 - T1)/{exp (e) - 1} 

rl 

e = ~= Ni CpGi/ha > O. [91 
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In [8] the dependence on e (itself dependent on the molar specific heats, Cp~) was introduced 
by Ackermann (1937) to account for sensible heat transfer brought about by the condensing 
species. 

The solution of the above set of equations requires the knowledge of interfacial tem- 
perature, Tt, and interfacial vapour compositions, Y~I. The method of solution of the equations 
will also depend on the modelling of liquid side mass transfer processes. 

THE INTERFACIAL CONDITIONS 

The interracial temperature, T~, is not known a pr ior i  and has to be calculated iteratively 
by considering the continuity of energy at the interface. Hence TI is evaluated such that the 
following equation is satisfied. 

ho(Tt - T~)= qt [10] 

where q~ is given by [7] and ho is the overall heat transfer coefficient of the condensate, tube 
wall and coolant. The condensate heat transfer coefficient may be calculated using the analysis 
of Nusseit (1916). 

The interfacial vapour composition, y~, is obtained by assuming equilibrium at the vapour- 
liquid interface. Thus, the interfacial vapour composition is given in terms of the liquid 
composition, x~t, 

yixiho ° 
Yit - [11] 

Pt 

where pO is the vapour pressure of component i at interfacial temperature TI. Pt the pressure 
and yi the activity coefficient of component i in the liquid. 

THE LIQUID-SIDE MASS TRANSFER MODEL 

The limiting values of the mass transfer resistance of the condensate can be calculated from 
simple models of the degree of mixing. These models allow the determination of the interfacial 
liquid composition, x~. 

(i) If the condensate is assumed to be unmixed, 

xi~ = N J N t  [12] 

(ii) If the condensate is assumed to be totally mixed, 

X i l  = Xi l  . [13] 

At the vapour inlet, xu is necessarily given by [12] because there is no liquid present and the 
first drop formed will have a composition given by the ratio of fluxes, N,./Nt. Downstream the 
interfaciai liquid composition will lie somewhere between that given by [12] and [13]. Thus 
these models are the two limiting cases corresponding to infinite and zero mass transfer 
resistance respectively of the condensate. 

In [12], ~ and Nt are not known a pr ior i  but are an outcome of the calculations. Hence an 
iterative procedure will be necessary to calculate xu using [12]. Since x~ is known a priori,  no 
iteration is involved if the condensate is assumed to be completely mixed. The effect of liquid 
mixing in condenser modelling is a feature that has not previously been investigated experi- 
mentally. 

DOWNSTREAM DEVELOPMENT OF CONDITIONS 

The equations for downstream development of conditions involve differential mass and 
energy balances to allow prediction of the variation of tempciat_,_,res and flow rates along the 
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condenser length. The equations have been presented by Price & Bell (1974) and were given in 
their following form by Krishna & Panchal (1977). 

A differential molar balance gives the rate of change of molar gas flow rate, Go, with area, A, 
for each component i, 

d GiG _ 
dA Ni i =  1,n. [14] 

For a non-condensing gas (say component n), N, will be zero and G,G constant. 
The variation of the bulk vapour temperature, To, is described by a differential energy 

balance, 

G ~  dTa 
ocpa --d- X = - hae( TG - T1)/{exp(~)- 1} [15] 

The variation of coolant temperature, To, is given by 

G -  dTc 
cCpc ~ - +- ql [16] 

where ql is given by [7]. The sign of the r.h.s, of [16] depends on whether coolant and vapour 
flows are concurrent or countercurrent, and subscript c refers to coolant. 

The condensate flow rate, GI, and composition, xu, at any downstream location can be 
obtained by a material balance between the entrance of the condenser and that location. 

The above differential equations of downstream development were solved using a fourth 
order Runge-Kutta method, with experimentally measured conditions providing the boundary 
conditions of the initial value problem. 

EXPERIMENTAL PROCEDURE 

A schematic diagram of the experimental apparatus used in this study to investigate 
multicomponent condensation of the vapours of miscible liquids in the presence of a non- 
condensing gas is given in figure 1. 

The test condenser was a 1-m long, 0.023 m i.d. vertical tube with a surrounding water 
jacket, condensation taking place inside the tube. The tube wall was made of 3-mm thick copper 
with thermocouples embedded to measure the wall temperature profile along the length of the 
condenser. The vapours and the coolant were admitted at the top of the tube. 

The non-condensing gas was circulated around a closed loop by a blower. The gas was 
heated before it was mixed with vapours generated in two boilers operating under identical 
conditions. The temperature of the vapour-gas mixture entering the condenser was adjusted to 
a value slightly above saturation by controlling the power input to the gas-heater. 

Vent 
Non - C.(x',den~r,q Cos • 

r Blower 

Moke-~mp 

Figure 1. Experimental apparatus. 
MF Vol. 7, No. 5--C 
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A fraction of the condensable vapours was condensed in the test condenser while the 
remainder (usually more than half) was condensed in a knock-out condenser. The condensates 
from both condensers were returned to the condensate reservoir via U-tube seals. The liquid 
from the reservoir was pumped back to the boilers at a constant rate by two peristaltic pumps. 
The pumping rate was adjusted so that the levels of the liquid in the boilers remained constant. 
The non-condensing gas leaving the knock-out condenser was recycled by the blower, so that 
the whole system worked as a closed loop. 

At steady state, the gas-vapour mixture flowrate, its composition and temperature were 
measured both at the inlet and outlet of the condenser. Also measured were the condensate 
flowrate and composition at the outlet of the condenser, the coolant fiowrate and temperatures 
at the inlet and outlet of the condenser and the wall temperature profile along the length of the 
condenser. These data are presented in table 2. 

E X P E R I M E N T A L  R E S U L T S  A N D  D I S C U S S I O N  

Experiments were carried out with the Reynolds number at the condenser inlet lying in the 
range 6000-20,000 and with inlet compositions of condensable components ranging from 0.1 to 
0.6 by mole fraction. A total of 15 runs were carried out widely distributed over the above range 
of feed conditions, for the following two mixtures 

(i) Water (1), isopropyl alcohol (2), nitrogen (3) 
(ii) Water (1), isopropyl alcohol (2), refrigerant-12 (3). 

The vapour phase mass transfer behaviour of these two systems is characterised by the 
relative binary diffusivities of the pairs of components. 

DI3/ D23 D12/ D23 
System (i) 2.25 1.30 
System (ii) 2.50 3.30 

It has been pointed out by Webb & Panchal (1981) that the limiting values of the fractional 
error, e+ and E', incurred by using the effective diffusivity (E) method rather than the 
Krishna-Standart (KS) method can be estimated as follows, the equation holding at any 
downstream location 

where 

e~_,E'=(-1) i÷l -1  Yic yla+-~-y2a+--~Y3c, i=1,2 
~'23 L~'23 

[17] 

E' - (Nt)KS- (N,)e [18] 
(N,)E 

and subscripts KS or E indicate the method used to estimate Nt. 
Clearly the absolute value of ~' becomes large if D~3/D23 "> 1.0 and the above systems have 

been chosen as having the possibility of large discrepancies between the interactive and non 
interactive models. 

The experimentally measured inlet conditions were used to predict the performance of the 
condenser which involved the integration of [14]-[16] over the area. The predictions of 
condenser performance are used to assess the mass transfer models themselves, the two models 
of liquid mixing and the accuracy of prediction of rates of sensible heat transfer. These topics 
are considered in turn. 

(i) Comparison of mass transfer models 
A comparison of the experimental condensation rates with those predicted theoretically 
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provides the best assessment of the different vapour side mass transfer models. The liquid is 
assumed to be unmixed in all these comparisons which are summarised in figures 2 and 3. The 
comparison is made separately for each condensing vapour, water in figure 2 and isopropyl 
alcohol in figure 3, as the percentage deviation between the predicted rate of condensation, (~)p, 
and the experimental value, (~ ) , ,  with respect to ( ~ ) ,  where the bar indicates values over the 
condenser as a whole. In assesssing these results it must be remembered that the condensation 
rates of water range from 5 to 10 times greater than the condensation rates of the isopropyl 
alcohol. Thus conclusions reached on the basis of condensation rates of water apply also to 
total condensation rates. The diagrams show the predictions of all three models of the mass 
transfer process for both nitrogen and the refrigerant as the non condensable gas. 

The models are compared first. It is apparent that the "interactive methods", the Krishna- 
Standart method and Toor's linearised theory, are in very close agreement with one another 

Condenso|ioo of H20 from I P A - H 2 0  and 
by N 2 R-12 

Effective Offfusivi|y. I O 
Linearised Theory • o 
Exact Molrix • v 

IZ- 

+5% 

-10% 

I I ti I 
o 2 °Q 2.5 3 
u • i  ( N i)e ( kmot/sx 105) 

o ol  • 
a • 

o m o 
m u 

Figure 2. Comparison of methods. 

*30% 

+20% 
_9 
,z- 

,z- 

~Z 

+10% 

-10% 

Condensation of IPA from IPA-H20  and N 2 or R-12 

o Legend-See FIG 2 

o ° 

o 

I 

! 

o'., &0'.2 0'.3 0'-~ 
°1 

i 

o'-5 0'-6 o!7 
I Ni )e ( k mol/s x I0 s) 

Figure 3. Comparison of methods. 
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always showing less than 2 per cent discrepancy in their predictions of the individuals rates of 
condensation of both water and isopropyl alcohol. The "non interactive" effective diffusivity 
method is in good agreement with the above two models in its predictions of condensation rates 
of water and hence total condensation rates (< 5 per cent discrepancy). However significant 
discrepancies (up to 25 per cent) are found between the predictions of the condensation rates of 
isopropyl alcohol by the "interactive" and "non interactive" methods, figure 3, when the 
refrigerant is the non-condensing gas. 

The models are assessed relative to the experimental data on the basis of the standard 
deviations, S, defined and reported in table 3. 

Table 3. 

I 

7 !!I Noo  
1 { (N , )  - (Ni) e } / ( N i ~  e runs 

,~ = 10(3 (IK-I) k 1 i 1 i p K = 15 

Krishna and Standart method (1976) 

Toor's Linearised Theory (1964) 

Effective diffusivity method 

Water & Ipa 

(I=2) 

4.9 

5.0 

9.1 

Water Total 

(I=l) (i-=t) 

(I=l) 

4.2 4.1 

4.7 4.4 

2.0 1.7 

The first column of table 3 assigns equal importance to each condensing component so that 
the values of S presented are a very sensitive measure of the performance of the mass transfer 
model. The "interactive" models (which are equivalent) are somewhat better than the effective 
diffusivity method. This is occasioned entirely by the failure of the effective diffusivity method 
to predict accurately the condensation rates of isopropyl alcohol from freon (see figure 3). The 
second column of table 3 is for the condensation of water alone. In the case the effective 
diffusivity method is marginally better than the "interactive methods" though this is not 
regarded as significant. Finally the third column shows the comparison based on total fluxes 
(Nt = E]Vi), which because of the much lower condensation rate of the alcohol is similar to 
column two based on the condensation of water alone. 

There is no clear advantage in using any of the mass transfer models to predict total 
condensation rates in a partial condenser for the systems studied. This is significant in that 
these systems have been chosen as having the potential for large diffusional effects according to 
[17]. On the other hand if individual condensation rates are important there appears to be a 
significant advantage in using a model which accounts for diffusional interactions. 

Attention is now turned to the relevance of [17] in assessing whether there will be significant 
differences between the predictions of an "interactive" and "non-interactive" model. The 
deviations, E', between the Krishna-Standart and effective diffusivity models defined by [18] 
were calculated at the vapour inlet for all 15 runs of the present study. The individual values of 
E' varied from - 0.037 to - 0.079 with a mean of - 0.063. The largest value of - 0.079 was found 
for run 4 of the isopropyl alcohol-stream-nitrogen system. For this run the inlet vapour 
composition by mole fraction was, 

YiG = (0.100, 0.455, 0.455). 

These values may be substituted directly into [17] with the stated ratios of binary diffusivities to 
give the upper and lower limits of the values of E' (i.e. E,~ and E" respectively). Thus 

r ~ [ ~ _  . E+ = 0.07; - 0.33 

Clearly [17] is conservative in this case in quantifying the magnitude of diffusional interactions 
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and this is true for all the experimental runs of this study. If the values of ~' estimated by [17] 
are within acceptable limits then the effective diffusivity may be confidently used to estimate 
the total rate of condensation. 

Equation [17] provides a local estimate of the limits of E' and it is important to ask how its 
value will vary downstream of the vapour inlet. The dominant effect on E' in [17] is due to y,-~ in 
the numerator and hence in condensation from a non condensing gas there is a strong tendency 
for e' to decrease downstream as the condensation proceeds. However the mole fraction of a 
minor condensing component may increase downstream and in addition the magnitude of the 
denominator may decrease. Both these effects occur in the isopropyl alcohol-water-nitrogen 
system. Using the Krishna-Standart predictions, the outlet vapour composition for run (4) is 

and hence 

YiG = (0.114, 0.250, 0.636) 

' E "  . ~+ =0.10 = -0.17 

Thus from [17] it is apparent that in some situations there may be an increase in the discrepancy 
between the predictions of "interactive" and "non interactive" models through a condenser. 
However the dominant effect of YiG in the numerator must eventually assert itself and the 
discrepancy between models must reduce as total condensation is approached. 

The discrepancy between the "interactive" and "non-interactive" models is apparent in 
figure 2 though of course the figure presents average discrepancies over the condenser as a 
whole (i.e. g') not local values of E' at a particular position. For the fifteen runs of the study the 
predicted ~' vary from -0.022 to -0.042 with a mean of -0.032. These are smaller then the 
predicted inlet values (which showed a range from -0.037 to -0.079 with a mean of -0.063). 
Thus for the experimental conditions of the present study there is a smaller discrepancy in 
predictions of rates of total condensation between "interactive" and "non-interactive" models 
for the condenser as a whole than for local conditions at the inlet. This is consistent with the 
general behaviour predicted by [17]. The implication of these arguments is that if the effective 
diffusivity and Krishna-Standart methods show a reasonably small deviation, E', based on 
specified inlet conditions, their predictions for overall design will be in acceptable agreement. 

(ii) Liquid side models 
Two models of liquid side mass transfer were introduced, described by [12] and [13]. In the 

"unmixed" model the rate of mass transfer in the condensate film is assumed to be infinitely 
slow. New condensate is added to the surface and does not mix with the condensate produced 
earlier. In the "mixed" model the rate of mass transfer in the condensate film is assumed to be 
infinitely fast and the condensate composition is uniform. Actual condensate film behaviour will 
be somewhere between these limits and hence predictions based on these models should 
bracket observed behaviour. 

The predictions of the two n~odels are presented as figure 4. Clearly there is not a significant 
difference between the two models, both of which predict the individual condensation rate of 
both species within 15 per cent with a maximum discrepancy between models of about 10 per 
cent for the rate of condensation of the minor condensing species. 

It is apparent that the "mixed" model predicts a higher condensation rate of iso-propyl 
alcohol and this is consistent with expected physical behaviour. The surface composition of ipa 
will be lower in the "mixed" model because initially the less volatile constituent, water, will 
dominate the condensation process producing an upstream condensate richer in water. Hence at 
downstream locations, as the relative condensation rate of the alcohol increases, the "mixed" 
model which disperses the fresh condensate through the entire film shows a lower surface 
concentration than the "unmixed" model where fresh condensate gathers at the surface. 
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Figure 4. Comparison of liquid models. 

Thus for the conditions investigated in this study liquid condensate mass transfer resistance 
was not important. 

(iii) Sensible heat transfer 

The sensible heat transferred from the gas phase during condensation is reflected in the 
change of temperature of the gas-vapour mixture. The modelling of the process of sensible heat 
transfer may therefore be evaluated by comparing the experimental gas temperature drops with 
those predicted theoretically by [15]. It will be seen that the Ackermann correction factor, 
d{exp (e)-1} has been included to allow for sensible heat transfer arising from the simul- 
taneous mass transfer process. The importance of this factor is assessed by predicting the 
temperature drop in the gas phase in the limiting case of • = 0 when the r.h.s, of [15] simplifies 
to - hG(TG - 7"i). The heat transfer coefficient, ha, has been calculated by the JH correlation of 
Chilton-Colburn applicable for a single phase flow and no allowance has been made for any 
enhancement of heat transfer in the gas phase due to the presence of the liquid condensate. 

The comparison is shown in figure 5. Equation [15] allows the prediction of gas temperature 
drops within _+ 5 per cent for all the experimental data of this study. Omission of he Ackermann 
correction factor has an adverse effect on the accuracy of the predictions. In this case the 
temperature drop of the gas is consistently overestimated by between 5 and 20 per cent. The 
excellent results obtained with the use of [15] seem to indicate that enhancement of the gas film 
heat transfer coefficient by effects arising from the presence of a liquid condensate are not 
important. 

CONCLUSIONS 

A comparative study of multicomponent diffusion models has shown that, for the experi- 
mental conditions and systems investigated, both "interactive" and "non-interactive" models 
adequately predict the total rate of condensation (within 5 per cent). However if individual rates 
are to be calculated evidence is given showing that the "interactive" models are to be preferred. 
The two "interactive" models considered (Toot 1964, Krishna & Standart 1976) are equivalent 
for the conditions of this study. 

A criterion suggested for determining a priori the significance of multicomponent diffusional 
effects is assessed on the basis of the experimental data and is shown to be conservative. 

The modelling of the liquid side mass transfer process is found to be unimportant under 
the experimental conditions investigated. 
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Figure 5. Temperature drops. 
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The Ackermann correction factor for sensible heat transfer greatly improves the accuracy 
of predictions of temperature drop through the condenser. 

A computer simulation of the behaviour of the test condenser based on the Krishna & 
Standart model and including the Ackermann correction factor has allowed the major quantities 
of interest (rates of condensation of individual species, heat load and temperature drop) to be 
predicted within _ 10 per cent. 
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